A theoretical and experiment01 investigation of the separation achieved i n o column crystallizer which utilizes o spiral conveyor was conducted t o determine the effect of variables associated with continuous flow operation. A system that exhibits negligible solid solubility was used. Several feed mixtures containing less than 31,000 p.p.m. weight cyclohexone in benzene were employed. The principal variables evaluated i n this study i n a column of constant length were the feed position, internol crystal rate, and flow rates of terminal streams. A mothematical model i s developed which considers a x i a l dispersion and mass transfer between the liquid adhering t o the crystals and the bulk liquid. The model satisfactorily explains the effect of the variables associated with continuous flow operation and shows that axial dispersion i s more dominont i n continuous flow than i n total reflux operotion. It i s shown that multiple pass or cascade operation i s necessory to produce material of purity higher than a critical level which is related t o the feed composition. This occurs because of impurities in the crystal phase which ore likely caused by volumetric inclusions.
The demand for ultrapure materials for both laboratory and commercial applications has led to the further development of many of the l e s s common separation processes in recent years. Fractional solidification i s an example of such a separation method. While fractional solidification has been carried out conventionally in staged crystallizersolids recovery systems, the development of a crystallizer that can achieve several stages of separation in a single piece of equipment i s relatively recent. This process was patented by Arnold ( 5 ) in 1951 and i s called column crystallization.
contacting of crystals and their melt. Two-column configurations have evolved. An end-fed column which utilizes an oscillatory flow of the liquid phase to transport the crystals has been developed for commercial application by McKay and Goard (16) . A center-fed column, which utilizes a spiral conveyor, was developed by Schildknecht (21). A variety of systems having phase diagrams of both the eutectic and solid solution types has been separated by column crystallization. Systems of the former type are of primary concern in this paper. Albertins, Gates, and Powers ( 3 ) have reviewed the design, operation, and effect of variables in column crystallization.
in this study. Figure 1 illustrates that there are three distinct sections in a column crystallizer of this type. Crystals are formed in the freezing section and pass through the purification section countercurrent to the liquid phase which is produced by melting the crystals in the melting section. The liquid phase i s continuous while the crystal phase i s the discontinuous or dispersed phase. The column can be operated at total reflux or with continuous feed and product drawoff.
Most of the investigations of the Schildknecht column have been for total reflux operation. Powers (20) suggested a model for the purification of systems with negligible solid solubility which included consideration of impurity transfer by axial dispersion and washing of the adhering liquid associated with the crystal phase. He subjected this model t o a preliminary check with a composition profile calculated from an experimental axial temperature profile. Powers assumed that the crystal phase was free from the impurity. Albertins (2) found in a later investigation in which he measured the composition profile directly for the benzene-cyclohexane system that it was necessary to include the impurity associated with the crystal phase to explain the observed concentration profiles. He concluded that axial dispersion and the impurity level in the crystal phase together limited the separation that was achieved, that is, he neglected the washing of the adhering liquid.
Gates (11) in a later study found that a model which incorporated the washing of the adhering liquid together with axial dispersion and impurity associated with the crystal phase provided a more consistent fit of Albertins' data.
Very little work has been done to evaluate the continuous flow operation of a center-fed column. Schildknecht and Maas (22) have separated solid solution systems by operating a column semicontinuously. Breiter (7) used a continuous flow column to separate components of both solid solut,ion and eutectic systems. Most of his work was with systems which form solid solutions. Seawater was the only system with negligible solid solubility that he investigated. Only enough work was done with the seawater system to demonstrate the separation. Breiter did not propose a model to represent the separation of a eutectic s y~-t e m with continuous flow column crystallization.
The Benzole Producers (13) have used a bench-scale center-fed column of the Schildknecht type for the purification of benzene. Betts, Freeman, and McNeil ( 6 ) have reported separation of variety of aromatic hydrocarbons with the Schildknecht column. Newton Chambers Ltd. (18) have announced that a crystallization process based on the Schildknecht column i s being developed. These investigators have not advanced a model for continuous flow operation nor did they obtain composition profile data that are essential to the thorough evaluation of a model. ous flow operation of an end-fed column for purification of systems of the eutectic type. Anikin ( 4 ) suggested using the model already developed for packed fractionating columns ( 8 ) for solid solution systems. Neither of these investigators subjected their models to a test with experimental data.
In view of the minimal information available for the separation of systems which exhibit negligible solid solubility (eutectic systems) by continuous flow column crystallization, such a study was undertaken and i s presented in this paper. The primary aim of the investigation i s to explain the effects of the variables specifically associated with continuous flow operation of a center-fed column crystallizer, that is, feed position, terminal stream flow rates, etc. A mathematical model which includes the transfer of impurity by axial dispersion, washing of impurity from the adhering liquid, and the impurity associated with the crystal phase is developed for the continuous flow case. Experimental data obtained with continuous flow operation of a center-fed column are used to evaluate the model. The benzene-cyclohexane system was chosen so that comparisons could be made with the continuous flow data of this investigation and the total reflux data of Albertins (1 ).
Player (19) has presented a model describing the continu-
THEORY
A mathematical model i s presented for a center-fed column crystallizer operating at steady state with continuous feed and product drawoff. Considerations are limited to the purification of simple eutectic systems in the concentration range below the eutectic compositions. Figure 1 illustrates, the column consists of two fixed concentric tubes with a spiral conveyor in the annular space between them. Crystals are formed in the freezing section and are transported through the column. In the case of the eutectic type systems, that is, the crystals are stable until they are melted. The crystals are melted at the top of the column, and a portion of the liquid i s returned as countercurrent reflux. Most of the liquid movement i s countercurcent to the rising crystals, but because of drag effects a small portion of the liquid rises with the crystals. This stream is called the adhering liquid and contains a relatively high level of impurity rejected from the crystal phase. It is continually contacted with a counkrcurrent free liquid stream of lower impurity content.
A s
Rather than attempting to describe the complex hydrodynamic situation which occurs because of oscillation of the crystal-liquid slurry, we conceived the adhering liquid associated with the crystal phase to be a distinct phase.
This is an idealization because the free and adhering liquids are, in fact, one phase. Figure 2 illustrates the moveinent of the phases in the purification section in view of the idealization discussed above. The washing of the adhering liquid can be considered as an interfacial mass transfer process. The driving force for mass transfer is the difference in composition between the adhering and free liquids. This continual washing establishes an axial composition gradient in the purification section. Axial dispersion in the free liquid acts to oppose the separation. The axial dispersion i s driven by the axial composition gradient and is sensitive to hydrodynamic conditions in the column.
It i s possible for impurities to be associated with the crystals. This can be caused by either volumetric liquid inclusions or by the trapping of impurities on the irregular surface of the crystals. Also, solid solubility may occur in the parts per million range. The washing process mentioned above very likely has little or no effect on the level of impurity associated with the crystal phase. Consequently, the crystal composition is assumed to be essentially constant in the purification section.
An axial temperature gradient is established in the purification section as a result of the progressive concentration of the impurity toward the freezing section. The crystals entering the purification section are at a temperature below their melting point. In an adiabatic column the crystals would exchange this sensible heat with the liquid by refreezing an appropriate quantity of the liquid. The axial temperature gradients are sufficiently small so that refreezing of this type i s negligible; for example, the largest axial temperature drop between the top and bottom of the purification section encountered in this study was a%., which would correspond to a 10% increase in the crystal rate in the purification section. Most of the axial temperature gradient occurs in the region near the freezing section below the first sample tap. Hence any small increase in the crystal rate because of refreezing occurs below the region where the composition profile is sampled. Therefore any heat transfer effects can be neglected, that is, the internal crystal and liquid flow rates can be considered constant in both the enriching and stripping sections. Both Albertins (2) and Gates (10) concluded that heat effects could be neglected for columns operated a t total reflux.
The mathematical model that i s developed in this paper includes the following considerations: (1) mass transfer of the impurity from the adhering to free liquid; ( 2 ) mass trans-fer of impurity in the free liquid by axial dispersion; (3) a constant level of impurity in the crystal phase resulting from volumetric inclusion or other phenomena; (4) constant internal flow rates.
Formulation of Model
Mathematical models for both the enriching and stripping sections are presented. Much of ttie development that follows i s based on the earlier work of Albertins ( 2 ) and Gates (11) . The model that Gates employed to analyze Albertins' data i s the total reflux analog of the model that is developed here.
It i s possible to operate the enriching section of a column crystallizer with either countercurrent or concurrent flow. Countercurrent flow i s the normal case where a portion of the liquid that i s generated in the melting section i s used to wash the adhering liquid. The model i s developed here specifically for the countercurrent case, but the differential equations that result are equally applicable to cocurrent flow. The application of this model to the cocurrent case has been discussed by Henry ( 1 4 ) .
The process flows illustrated in Figure 2 are further idealized in Figure 3 , which shows the internalflows in relation to a differential element of the purification section. Law a s presented in Equation (1) .
The rate of mass transfer between the adhering and free liquids, MK i s assumed to be proportional to the difference in composition of the adhering and free liquids as shown in Equation (2).
The internal flow rates L , L', and C and the factors KaAp and D p As are assumed to be independent of the position in the column.
A material balance on a differential element of the free liquid yields Equation (3).
This expression is general for both the enriching and stripping sections. Another relation between Y and Y' is needed before Equation ( 
An overall balance about envelope 1 gives Equation ( 5 ) .
Considerable simplification results if the diffusional term i s neglected in the free liquid balance [Equation ( ( 7 ) The transport equation approach was employed; that is, axial dispersion was neglected in the free liquid material balance but retained in the material balance around the end of the column.
The expressions for the enriching and stripping section profiles, Equations (9) and ( l o ) , can be solved simultaneously with the following constraint resulting from a material balance on the terminal streams:
(11) using the following end conditions for the purification section:
The applicability of these conditions has been demonstrated (14) . An iterative procedure based on matching the internal free liquid composition a t the feed point can be used to calculate the terminal composition and corn osition profiles. The operating conditions F, Y F , Ls, C , g, and 2~ are needed to constrain the problem. Also, the mass transfer factors YE and ' 4s and the crystal phase composition E must be specified from experimental data or from correlations based on experimental data.
Implications of the Model
performance of a center-fed column crystallizer, The model developed above can be used to predict the particularly noticeable when the feed position Z,Q i s well above the freezing section. A closer inspection of the mass transfer factor in the enriching section YE shows a strong dependence on the overhead product drawoff rate ( L E ) and the internal crystal rate C. The mass transfer factor i s a minimum (which corresponds to a maximum separation power) at total reflux and
Because of the exponential dependence of the free liquid composition on YE, the separation that can be achieved in a column i s extremely sensitive to R E ; that is, as RE increases Y E increases.
EX PERIME NTA L STUDIES
Experimental data were obtained from a center-fed column of the Schildknecht type to t e s t the model presented above. The column used by Albertins (2) for total reflux operation was modified for continuous flow operation.
Equipment
The column was constructed from a 32-mm. O.D. Pyrex tube. A 1-1-cm. 0.1). stainless steel tube was placed inside the g l a s s tube to define the annulus which contained a stainless steel spiral of lenticular cross section and 1-cm. pitch. Albertins (2) presented a schematic diagram of the column and described the construction of the freezing and melting sections. The freezing, purification, and melting sections were 8 , 50, and 3.8 cm. long, respectively. The purification section was equipped with eight sample taps. The spiral was rotated and oscillated by a drive mechanism mounted above the column. The column was enclosed in a constant-temperature air bath to minimize heat transfer with surroundings.
The column was modified for continuous flow operation by placing an overflow outlet 2.5 cm. above the melting section and a drain in the Nylon plug which served t o form a seal between the stainless steel and glass tubes below the freezing section. These provided for the overhead and bottoms streams, respectively. It was possible to introduce the feed at any of the eight sample taps located in the purification section. The feed was cooled prior t o introduction in the column with a hairpin double pipe exchanger located in the air bath surrounding the column. The feed and bottoms flow r a t e s were established and controlled with coupled proportioning pumps.
System investigated
The benzene-cyclohexane system was chosen for this study because it forms a system of the eutectic type (23) . Also, this system was used by Albertins (2) for his investigation of total reflux operation; consequently it was possible to make comparisons with his results. A11 experiments were conducted below the eutectic composition with cyclohexane as the minor component. Phillips pure grade benzene was used t o prepare all feedstocks. This material contains several impurities of which cyclohexane was present in highest concentrations (1,500 p.p.m. weight). The methylcyclopentane and toluene compositions were 1,100 and 500, respectively; all other impurities were present at levels l e s s than 300 p.p.m. ( 1 4 ) . Phillips 99.5 wt. 7% cyclohexane was added to the benzene to obtain feedstocks containing 10.000 and 28,000 p.p.m. cyclohexane.
Analyses were made using an F&M Model 5750 gas chromatograph with flame ionization detectors. The analyses were reproducible within *3%. The analytical method for cyclohexane in benzene was confirmed independently by g a s chromatographic and m a s s spectrographic techniques by Professor E. A. Boettner of the School of Public Health a t the University of Rlichigan.
Variables Investigated
The following variables associated with continuous drawoff operation were studied in this investigation: The primary goal of this study was to determine the effect of quently many possible variables were not studied. The spiral agitation conditions were not varied. The rate of rotation and frequency of and amplitude of oscillation were 59 r.p.m., 290 min.-', and 1 mm., respectively. Albertins ( 2 ) and Gates (11) evaluated spiral agitation conditions with total reflux operation for eutectic and solid solution systems, respectively. 
I Procedures
The column was charged with 300 ml. of the feed material prior to beginning each run. When the feed composition was changed from run to run, the column, pump, and lines were flushed with the new feed material. The desired terminal flow rates were established by adjusting the stroke of each side of the proportioning pump. The terminal flow rates were determined by collecting and weighing samples of the various streams. The following sequence was used to start up the column: The air bath temperature was s e t and maintained at 5.5OC.; the spiral rotation and oscillation were started; the temperature of the coolant to the freezing section was decreased from 2OC. to the desired temperature at a rate of 20"C./hr. in order to avoid plugging of the freezing section; the feed and bottoms product pumps were started; and finally coolant flow to the feed cooler was initiated. The crystals were allowed to rise through the purification section t n the melting section. At this point sufficient electrical power was applied to the melting section heater to cause the crystal slurry-liquid interface to stabilize at a position near the top of the melting section heater. Adjustments of the refrigerant temper ature were then made to obtain the desired crystal rate. By m e a swing the voltage applied to the melting section heater of known electrical resistance, one can determine the crystal rate (14) .
Once the crystal rate was established and the column had been operating for approximately 1 hr., a purging procedure was initiated which accelerates the approach to steady state. The melting section heater was turned off, and the crystals were allowed to fill the column up to the overflow tube, a t which time an external heater was turned on to melt these crystals. This procedure flushed the bulk of impurities in the top of the column and was repeated once during the unsteady state period. Samples of the enriching section product were collected in glass vials every 30 to 60 min. The samples were immediately analyzed with the gas chromatograph until two consecutive samples were of the same composition, indicating that steady state had been achieved. It was shown that the entire column was at steady state when the overhead product composition became constant ( 1 4 ) .
F i g . 5. Effect on the crystal-overhead product rote ratio on i h e impurity l e v e l i n the enriching section.

Results
Both the terminal stream compositions and the composition profile were determined for the variety of operating conditions presented above. These data have been presented elsewhere ( 1 4 ) .
The ratio of the overhead product to the internal crystal rate RE was varied from 0.1 to 1.69. Crystal rates ranging from 1.4 to 6.95 g./min. were employed. The column was inoperable because of plugging at crystal rates higher than 6.95 g./min. (11.6 g./ sq. cm. 
INTERPRETATION OF RESULTS
The mathematical model presented earlier i s subjected to a test with the experimental data obtained in the course of this study. Another goal of this section i s to illustrate the effects of the variables associated with continuous flow operation of a column crystallizer.
Enriching Section
Typical enriching section composition profiles are presented in Figure 5 . It can be seen that increasing the enriching section product-crystal rate ratio R E decreases the separation that is obtained. This figure also illustrates the three characteristic enriching section profile shapes pre- When R E i s increased further, the separation continues to decrease as shown by Figure 7 . This occurs because most of the melted crystals are withdrawn a s product, that is, little reflux i s provided to wash the crystals. In run 10B, R E was greater than 1 , which actually corresponds to concurrent operation. With this mode of operation, a portion of the feed rises through the enriching section with the crystal phase. The slight purification that is achieved can be explained by the dilution effect of melting the relatively pure crystal phase in the melting section ( 1 4 ) .
Very high purity product can be obtained when most of the crystal rate is returned to the column as reflux. Figure 8 illustrates the composition profiles obtained for the purification of Phillips pure grade benzene. When the column was operated to produce product of the highest purity (run 9), the enriching section product composition was 1 p.p.m. weight C,H,,. Other trace impurities were also removed to level where they could not be detected by chromatographic analys i s (14) in run 9. The lower limit of detection of the chrcmatograph was less than 10 p.p.m. for each of the impurities.
Impurity Associated with the Crystal Phase
The effect of impurity transport by the crystal phase is included in development of the mathematical model. It was argued that impurities could be entrapped in the crystals, on their irregular surface, or possibly as the result of slight solid solubility. The impurity associated with the crystal phase & i s assumed to be independent of position in the column. This assumption i s tested in this section with E values calculated from the experimental data.
The impurity composition in the crystal phase E can be The values of E calculated from Equation (14) are plotted versus the stripping section composition in Figure 9 . It i s emphasized that these values were calculated from experimental values of Y p , C, and L E . In no case was the crystal composition E measured directly. Gates (12) suggested that E should increase when the mother liquor composition in the freezing section increases. Other parameters such as the agitation level are not considered because the spiral oscillation and rotation rates were held constant in this study. The mother liquor composition in the freezing section i s assumed to be equal to the bottoms composition Ys. This i s equivalent to assuming that the freezing section i s perfectly mixed. Figure 9 illustrates that E does increase with Y s . The E , Y s data exhibit a linear relationship. A least square fit of the data gives the following relation:
A linear E(Ys) dependence has been found by other investigators. Moulton and Hendrickson (17) found a linear dependence of the crystal phase composition on the mother liquor composition for the crystallization of ice from seawater. A linear dependence i s consistent with the occurrence of volumetric liquid inclusions, but it does not rule out the possibility of slight solid solubility in the parts per million range. The validity of the assumption that E i s independent of position in the purification section i s implied by the correlation of E with Ys. The expression used to calculate E from Y p i s based on this assumption.
consequence. For a given feed or charge composition, E would be largest when the column i s operated at total reflux, because for this method of operation the impurities tend to concentrate in the freezing section. When the column i s operated continuously, the impurity level in the freezing section i s reduced because of the removal of impurities in the bottoms stream. Thus it i s possible to produce purer materials with continuous drawoff of product (when R E i s sufficiently small) than can be produced with total reflux operations. This effect i s illustrated by the following experimental results: at a feed composition of 28,000 p.p.m. weight C,H,,, R E = 0.354 and ZF = 4.0 cm. (run 2); the overhead product composition YE was 57 p.p.m. weight C6HI2; the ultimate purity that could be achieved with total reflux operation i s approximately 100 p.p.m. weight C,H,, (1) .
The E(Ys) dependence also implies a restriction on the ultimate purity that can be achieved with a continuous flow column crystallizer for a particular feed composition. The minimum value of Ys occurs when the stripping section i s flushed with feed material or when the enriching section i s operated at conditions approaching total reflux, that is, F I L S 1. Such conditions correspond to (YS)min = YF. Therefore Equation (16) gives the minimum level of impurity associated with the crystal phase that can be attained.
The fact that E decreases with Y s leads to an interesting Emin = 0.00142 Y F ( 16) This also represents the ultimate purity that can be achieved in a column crystallizer, that is, YE = E,in would occur when the washing of the adhering liquid i s complete. The ultimate purity that can be obtained with complete washing i s the crystal phase composition. This implies in view of the restriction given by Equation (16) that multiple pass or cascade operation would be necessary to produce material purer than &,in. Henry, Danyi, and Powers (15) have presented a study of cascade operation to produce ultrapure benzene.
Stripping Section
It was shown earlier on the basis of theoretical considerations that the stripping section profile has a characteristic shape. Figure 10 illustrates the flat or inactive region in the stripping section profile that i s predicted theoretically and verified experimentally. The flat region occurs because of a mismatch of the feed composition YF and the internal free liquid composition at the feed point Y 4 ,
The separation that i s achieved in a column i s a function of the feed position. Calculations which were made using values of the mass transfer factor predicted by a correlation presented in the next section of this paper illustrate that enriching section product composition i s a function of the feed position. A s shown in Figure 11 , the maximum product purity i s achieved when there i s a feed match.
Mass Transfer Factors
The separation power of the column i s determined by the mass transfer factor. For example, the slope of the modified enriching profile (see Figure 6 ) i s the negative reciprocal of the enriching section mass transfer factor YE. Examination of Equation (9c) indicates that YE i s determined by both mass transfer and diffusional groups.
The diffusional group DpAq and mass transfer groups a(a + 1)IKaAp and a/KaAp are assumed to be constant for all experimental runs of this study because the spiral agitation conditions were not varied. Equation (9c) reduces to the expression for total reflux operation when L E i s zero.
The diffusional groups could also be determined from Equation ( 1 0~) ; but unfortunately experimental values of the stripping section mass transfer factor Ys are not available because of the flat nature of the stripping section profile. The values of the diffusional and mass transfer groups were obtained from experimental values of the mass transfer factors of Albertins' investigation (2) and of this study, The values were obtained by a multiple linear regression using the variables suggested by Equation (9c), that is,
The results of the correlation are presented in Table 1 . 
The agreement between the values for the diffusional group obtained from both modes of operation i s satisfactory. The values for the one mass transfer group that could be compared differ markedly, however. Inspection of the last term of Equation (9c) indicates that the contribution of the mass transfer group i s lower for continuous flow than total reflux operation. This i s evidenced by the fact that the average deviation between the experimental and predicted values of YE, using Equation (9c), and the continuous flow constants of Table 1 was 17%, while the maximum deviation for the total reflux case was only 5.5% (14) . It i s clear that total reflux data provide the more severe test of the relative importance of the mass transfer group.
The contribution of the mass transfer terms was calculated for each run using the continuous flow correlations constants and flow rate data (C, LEI. The average contribution of the mass transfer terms was 18%. Thus the correlation results indicate that axial diffusion i s the dominant effect in determining the mass transfer factors. It is emphasized that the above correlation results are specific to the benzene-cyclohexane system and the spiral agitation conditions used in this study. The composition profiles can be calculated using mass transfer factors predicted by Equations (9c) and ( 1 0~) with the continuous flow constants presented in Table 1 
CONCLUSIONS
On the basis of the above comparisons of the experimental data and model, it is concluded that the model based on axial dispersion and mass transfer, together with consideration of impurity content of the crystal phase, provides a satisfactory explanation of the influence of the variables associated with continuous flow operation. The model breaks down when the plugging crystal rate (11.6 g./sq.
cm.-min.) is reached.
Axial dispersion was found to be the dominant mechanism which limits the separation for continuous flow operation. This finding is consistent with the previous work of both Albertins ( 2 ) and Gates (11) . In fact, the dominance of the diffusional term is more pronounced for continuous flow operation because of an additional dependence of the m a s s transfer factor on the flow rate of the enriching section product. The primary variable which determines the product purity i s the enriching section product-crystal rate ratio RE. Figure 13 , however, illustrates that the product purity reaches a limiting value as R E is decreased. When R E is decreased to a value where Y E = E (complete washing), a further decrease does not affect the product purity. Decreasing R E beyond this point decreases the mass transfer factor YE, but does not necessarily increase the enriching section product purity, A s mentioned earlier, the washing process does not reduce the level of impurity associated with crystal phase. Consequently, in applications where maximum purity i s desired, R E should be chosen so that Y E is j u s t equal to E , that is, so there i s not a flat region in the enriching section composition profile.
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